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h i g h l i g h t s

� Effect of design and operating
parameters on CO2 capture efficiency
investigated.

� Calcined raw meal used as sorbent in
the carbonator of the CaL process.

� High solid-to-gas ratio (�10 kg/Nm3)
needed to achieve high capture
efficiency.

� Adiabatic carbonator suitable for
achieving high capture efficiency.

� Carbonator solids recirculation allows
limiting specific heat duty for
regeneration.
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In this work, a 1D model of an entrained-flow carbonator of a Calcium looping process for cement plants
is presented and the results of a sensitivity analysis on the main governing process parameters is
discussed. Several design and operating parameters have been investigated through a wide sensitivity
analysis, namely: adiabatic vs. cooled reactor, high gas velocity gooseneck reactor vs. low velocity down-
flow reactor, solid-to-gas ratio, sorbent capacity, reactor inlet temperature and solids recirculation. The
effect of these design and process parameters on the CO2 capture efficiency and on Calcium looping
process heat consumption is assessed.
The results of the calculations showed that with a proper combination of solid-to-gas ratio in the

carbonator and sorbent carbonation capacity (e.g. �10 kg/Nm3 and �20% respectively), carbonator CO2

capture efficiencies of about 80% (i.e. total cement kiln CO2 capture efficiencies higher than 90%) can
be obtained in a gooseneck-type carbonator with a length compatible with industrial applications in
cement kilns (�120 to 140 m). Further experimental investigations on this reactor concept, especially
about fluid-dynamic behavior and the chemical properties of raw meal as CO2 sorbent, are needed to
demonstrate the technical feasibility of the proposed process.
� 2018 The Authors. Published by Elsevier Ltd. This is anopenaccess article under the CCBY-NC-ND license

(http://creativecommons.org/licenses/by-nc-nd/4.0/).

http://crossmark.crossref.org/dialog/?doi=10.1016/j.ces.2018.06.051&domain=pdf
http://creativecommons.org/licenses/by-nc-nd/4.0/
https://doi.org/10.1016/j.ces.2018.06.051
http://creativecommons.org/licenses/by-nc-nd/4.0/
mailto:matteo.romano@polimi.it
https://doi.org/10.1016/j.ces.2018.06.051
http://www.sciencedirect.com/science/journal/00092509
http://www.elsevier.com/locate/ces


Nomenclature

A reactor cross section [m2]
CCO2 CO2 concentration in gas phase [kmol/m3]
CCO2 ;eq CO2 concentration in gas phase at chemical equilibrium

with CaO-CaCO3 [kmol/m3]
CD drag coefficient [–]
cp specific heat capacity [J/kg/K]
D reactor diameter [m]
Dp Particle diameter [m]
Ea activation energy of carbonation reaction kinetics:

21,300 kJ/kmol (Grasa et al., 2009)
FCa sorbent molar flow from the calciner to the carbonator

[kmol/s]
FCO2 CO2 molar flow in the gas fed to the carbonator [kmol/s]
Ffg gas-wall friction force per unit of reactor length [N/m]
Ffs solid-wall friction force per unit of reactor length [N/m]
f g fanning friction factor [–]
Fgs gas-solid drag force per unit of reactor length [N/m]
Fe Fedorov number [–]
g gravitational acceleration: 9.81 m/s2

Gs specific solid flow at carbonator outlet, per unit of reac-
tor cross section [kg/s/m2]

h sensible enthalpy [J/kg]
hgs heat transfer coefficient between gas and solids [W/m2/

K]
IG gravitational acceleration sign index: +1 for upward

flow, �1 for downward flow
ks intrinsic kinetic constant of carbonation reaction

[m4/kmol/s]
ks;0 pre-exponential factor of carbonation reaction kinetics:

0.559 � 10�5 m4/kmol/s (Grasa et al., 2009)
L length of the pore system in the particle [m/m3]
L0 length of the pore system in the particle after the first

calcination: 4.16 � 1014 m/m3 (Grasa et al., 2009)
M molar mass [kg/kmol]
_M mole flow rate [kmol/s]
_m mass flow rate [kg/s]
Ns number of solid particles per unit of reactor volume

[m�3]
Nugs Nusselt number related to the gas-solid heat transfer

coefficient [–]
p pressure [Pa]
Pr Prandtl number [–]
Qcalc heat required in the calciner for calcination of the

carbonated sorbent per unit of CO2 captured [J/kgCO2]
_Qcarb thermal power generated by the carbonation reaction

[W]
_Qw thermal power transferred to the reactor walls [W]
_qCO2;carb thermal power associated to the enthalpy flow of the

reacting CO2 per unit of reactor length [W/m]
_qgs thermal power transferred from the gas to the solids per

unit of reactor length [W/m]
_qgw thermal power transferred from the gas to the reactor

wall per unit of reactor length [W/m]

_qr;carb thermal power associated to the carbonation reaction
per unit of reactor length [W/m]

_qsw thermal power transferred from the solids to the reactor
wall per unit of reactor length [W/m]

R gas constant: 8.314 kJ/kmol/K
Re Reynolds number of the gas in the reactor [–]
Rep particle Reynolds number [–]
S specific surface area available for carbonation reaction

in the particle [m2/m3]
S0 specific surface area available for carbonation reaction

after the first calcination: 42 � 106 m2/m3 (Grasa et al.,
2009)

T temperature [K]
TR reaction temperature [K]
u velocity [m/s]
_wgs work per unit length made by the gas on the solids

[W/m]
x axial coordinate [m]
X sorbent conversion degree [–]
Xcarb;out sorbent conversion degree at carbonator outlet [–]
Xmax sorbent conversion degree after the fast kinetically con-

trolled period [–]

Greek letters
Dh0r;carb standard enthalpy of the carbonation reaction: 4.068

MJ/kgCO2
ep particle porosity [m3

void/m3
particle]

es volumetric solid density [m3
solids/m3

reactor]
eg void fraction [m3

gas/m3
reactor]

lg gas viscosity [Pa � s]
n volume fraction of potentially active solids (CaO and

CaCO3) in the total solid population [m3
CaO&CaCO3/m3

solids]
q density [kg/m3]
w particle structural parameter for random pore kinetic

model

Acronyms
ASU air separation unit
CaL calcium looping
CPU CO2 purification unit

Subscripts
0 CaO particle property after the first calcination
calc calciner
capt captured
carb carbonator
ch choking condition
g gas
in inlet
s solids
s,a potentially active solids (CaO and CaCO3)
t terminal
w wall
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1. Introduction

Cement production is responsible for about 8% of global anthro-
pogenic CO2 emissions (Olivier et al., 2016) and for more than 10%
of total industrial CO2 emissions in the EU (ZEP, 2013). In a modern
cement kiln, roughly two-thirds of the CO2 emissions derive from
the calcination of the limestone that is used as raw material for
clinker production. The residual fraction is associated with the fuel
combustion necessary to sustain the endothermic CaCO3 calcina-
tion and to bring the raw meal to the high temperature needed
for clinker formation. For this reason, the use of alternative
carbon-free or carbon–neutral fuels does not allow achieving a sig-
nificant reduction of the CO2 emissions and CO2 capture and stor-
age (CCS) is the only way to effectively reduce emissions form the
cement industry.

Among the different CO2 capture technologies, Calcium looping
(CaL) (Abanades et al., 2015; Dean et al., 2011) appears particularly
promising for application in cement plants because:
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– CaO sorbent originates from the same raw material used for
clinker production. Therefore, differently from other post-
combustion capture systems, no additional chemical substances
(e.g. solvents or additional sorbents) are needed with respect to
the materials already used in the cement plant.

– The rotary kiln and the clinker cooler, which are two key units
of the clinker production process, can be operated as in conven-
tional plants and retrofitability of existing kilns may therefore
be simpler. In contrast, oxyfuel combustion, which is the other
main technology candidate for CO2 capture in cement plants
(Hoenig et al., 2012), requires switching the rotary kiln to oxy-
fuel combustion, using recirculated CO2 as cooling medium in
the clinker cooler and ensuring a proper sealing to avoid exces-
sive air in-leakages.

– Although increased fuel consumptions are expected due to the
heat required for regenerating the CaO sorbent, the correspond-
ing amount of high temperature heat can be efficiently recov-
ered from the process to feed a heat recovery steam cycle,
which can partly or totally compensate the electric consump-
tions for O2 production and CO2 compression in the CaL process.

As discussed in detail in (De Lena et al., 2017; Spinelli et al.,
2017), two fundamental options have been proposed in the litera-
ture for integrating the CaL into an existing cement kiln. The first
and most straightforward one is the tail-end CaL process configu-
ration, where the CaL reactors are placed downstream the clinker
burning line as a relatively independent unit and the carbonator
treats the flue gas exiting the cement kiln preheater or the raw
mill. In this end-of-pipe configuration, pure limestone can be used
as make-up of the CaL process and the CaO-rich purge extracted
from the CaL calciner can be mixed with the other correctives
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Fig. 1. Highly integrated CaL configuration with
(SiO2, Al2O3 and Fe2O3-based materials), milled and fed to the clin-
ker burning line as a partly pre-calcined raw meal. In this integra-
tion approach, the CaL system can be based on fluidized bed
reactors, whose operating principle has been widely assessed
through process modelling (Martínez et al., 2016; Shimizu et al.,
1999) and proven up to 1.7 MWth-scale (Abanades et al., 2015;
Arias et al., 2013; Kremer et al., 2013) for application in coal-
fired power plants. More recently, the tail-end CaL process integra-
tion in cement kilns with fluidized bed reactors has been assessed
with process simulation studies (Atsonios et al., 2015; De Lena
et al., 2017; Ozcan et al., 2013) and demonstrated experimentally
at 30 kWth and 200 kWth scale (Arias et al., 2017a; Hornberger
et al., 2017). Thanks to the experience gained on fluidized bed
CaL systems, the tail-end process configuration is characterized
by low uncertainties, being sufficiently mature for scaling-up in
the cement industry. Moreover, it has been demonstrated suitable
for retrofitting of existing cement kilns, with small impact on the
operation of the cement kiln (De Lena et al., 2017).

The second option is the highly integrated CaL process configu-
ration (Fig. 1), where the carbonator of the CaL process is integrated
in the preheating tower of the clinker burning line. The carbonator
treats the flue gas from the rotary kiln after proper cooling and the
calciner of the CaL process coincides with the cement kiln pre-
calciner, which is operated in oxyfuel combustion mode (Marchi
et al., 2012a, 2012b; Rodríguez et al., 2012; Romano et al., 2014).
In this configuration, two fundamental differences can be high-
lighted with respect to the tail-end CaL configuration explained
before: (i) calcined raw meal (i.e. CaO with other SiO2, Al2O3 and
Fe2O3 raw constituents) is preferably used as a source of CaO sor-
bent for the carbonator rather than pure limestone; (ii) because of
the small particle size of the raw meal (d50 = 10–20 mm), cement
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rawmeal falls in the region of cohesive particles (Geldart C particles
(Geldart, 1973)) and entrained-flow reactors operating in the dilute
pneumatic transport regime appear preferable over fluidized beds.

The main advantage of the highly integrated CaL process config-
uration is that it is expected to be more efficient than the CaL tail-
end configuration thanks to the lower fuel consumption (Spinelli
et al., 2017). Moreover, cement industry is experienced in operat-
ing entrained flow gas-solid systems (the pre-calciner and suspen-
sion preheaters of state-of-the-art cement kilns are entrained flow
gas-solid reactors and contactors). On the other hand, there are
higher uncertainties on the performance of this CaL system, which
are mainly related to the performance of the calcined raw meal as
CO2 sorbent and to the fluid-dynamics of the entrained flow car-
bonator, which has to operate with much higher solid-to-gas ratio
than conventional suspension preheaters.

Research on the performance of the calcined raw meal as CO2

sorbent is ongoing. From lab tests it was found that both calcina-
tion conditions (temperature, CO2 concentration and residence
time) and the nature of the raw meal (especially the level of aggre-
gation between Ca and Si compounds) influence the formation of
belite (Ca2SiO4) in the calciner, which reduces the activity of the
material towards CO2 sorption (Alonso et al., 2017; Pathi et al.,
2013). Further work is however needed in this field, where flash
calcination conditions (i.e. residence times of few seconds) should
be reproduced in the sorbent calcination step to evaluate the mate-
rial sintering and the formation of calcium-silicate species under
industrially relevant conditions.

The aim of this work, which is part of the CaL development
activities performed within the H2020 Cemcap project (Cemcap,
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Fig. 2. Highly integrated CaL configuration wit
2015), is to describe a reactor model developed for the entrained
flow carbonator of an integrated CaL configuration and to evaluate
the effect of the main process and reactor design parameters on the
CO2 capture efficiency of the carbonator through a sensitivity anal-
ysis. Two different reactors configurations are also assessed in this
work, namely the high velocity gooseneck-type reactor, widely
adopted in the cement industry for some calciner designs and
formed by an upflow and a downflow section (Fig. 1), and a lower
velocity downflow reactor (Fig. 2). Also, the performance obtained
when having an externally cooled carbonator by waterwalls or an
adiabatic carbonator are compared.

2. Method

A one-dimensional, steady-state model has been developed for
the calculation of the entrained flow carbonator. The routine
solves mass, energy and momentum balances along the axial
direction for the gas and solid phases, providing cross-sectional
averaged values of their chemical composition, temperature and
velocity.

The main assumptions used to build the model are listed below:

– The gas phase is modelled with the ideal gas equation of state.
– Since the reactor operates with a dilute suspension (in the sim-
ulations performed in this work, the void fraction is always
higher than 0.98), particle–particle interactions are neglected
in the calculation of the momentum balance.

– The mass and momentum diffusion and the conductive heat
flux along the axial direction are neglected.
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– Uniform temperature is considered for the solid throughout the
particle.

It must be remarked that a simple fluid-dynamic modelling
approach is selected for the model to allow fast calculations and
wide sensitivity analysis. Moreover, because of the lack of proper
experimental data on entrained flow reactors operating in condi-
tions relevant for this study (especially combining pulverized par-
ticles, high solid/gas ratio and relatively large reactor diameters), it
is believed that more complex modelling approach is not justified
at this stage.
2.1. Mass balance

Mass balance of solid and gas phases is described by Equations
(1) and (2), where the change of flow rate along the reactor length
is related to the mass flow rate of CO2 absorbed by the sorbent
through the carbonation reaction CaOþ CO2 ! CaCO3

(DH298 K ¼ �178:8 kJ=mol). In detail, Eq. (1) states that the varia-
tion of solids mass flow rate d _ms is equal to the number of moles

of active sorbent in an infinitesimal control volume A � dx � es �n�qs;a
Ms;a

,

multiplied by the sorbent molar conversion rate dX
dt and the CO2

molar mass MCO2.

d _ms

dx
¼ A � es � n � qs;a

Ms;a
� dX
dt

�MCO2 ¼ n � _ms � qs;a

us � qs �Ms;a
� dX
dt

�MCO2

¼
_Ms;a

us
� dX
dt

�MCO2 ð1Þ
d _mg

dx
¼ �d _ms

dx
ð2Þ

For the sorbent conversion rate, the random pore model Equa-
tion (3) proposed by Grasa et al. (2009) is used, which describes
the sorbent reaction rate in the fast kinetically controlled period.
The use of this equation, neglecting the diffusion-controlled parti-
cle conversion, is justified given the small particle size of the mate-
rial used as sorbent in this case (i.e. average particle diameters of
10–20 mm) and the reduced residence time of the particles in the
entrained flow reactor. In Eq. (3), ks represents the intrinsic kinetic
constant of the carbonation reaction, which is calculated as func-
tion of temperature with the Arrhenius type Eq. (4). Reaction tem-
perature TR is assumed equal to the local adiabatic mixing
temperature between the gas and the solid stream. In the random
pore model, w represents a particle structural parameter (Eq. (5)), S
is the surface area available for reaction in the particle, L is the
length of the pore system in the particle and ep is the particle
porosity. Particle surface area and length of the pore system are
calculated with Equations (6) and (7) as function of the initial sur-
face S0 and pore length L0 and of the conversion degree of the sor-
bent after the kinetic controlled period Xmax. In conventional CaL
systems using high purity limestone as sorbent, Xmax is typically
expressed as function of the number of calcination-carbonation
cycles undergone by a sorbent particle, with a limited dependency
on the origin of the limestone (Grasa and Abanades, 2006). How-
ever, when raw meal is used as CO2 sorbent in a CaL system, lab
tests showed that the maximum sorption capacity is highly depen-
dent on the calcination conditions and on the nature of the CaO-
based material. These variables determine the advancement of
the reaction in the calciner between Ca and SiO2 in the raw meal
and therefore the amount of free CaO available as sorbent in the
carbonator (Alonso et al., 2017; Arias et al., 2017b). Due to the lack
of laboratory tests reproducing realistic calcination conditions of
cement kiln pre-calciners for CaL, it is not currently possible to
define a reliable correlation for predicting the parameter Xmax,
which has been therefore given as a simulation input in this work
and is subject of sensitivity analysis. It has to be highlighted that
the assumed values of Xmax are always lower than those predicted
with the expression of the capacity decay with the number of cal-
cination/carbonation cycles proposed in (Grasa and Abanades,
2006) for a wide number of high purity limestones. It must also
be highlighted that it has been observed that reaction rates found
in several experimental works on high purity limestones are repre-
sentative of the carbonation kinetics of calcined raw meals as long
as the fraction of active CaO in the solids able to react in the fast
carbonation regime Xmax is known (Arias et al., 2017b).

The driving force of the carbonation reaction is the difference
between the actual CO2 concentration CCO2 in the gas phase and
the CO2 concentration CCO2 ;eq at thermodynamic equilibrium with
CaO, calculated as function of temperature with the equation pro-
posed in (Barker, 1973). The process is assumed to be under full
chemical control, meaning that carbonation kinetics represents the
ratedetermining step and the convective anddiffusivemass transfer
resistance from the bulk to the particle surface are neglected. The
validity of this assumption has been verified by checking that the
localCO2fluxdue toCO2diffusion ingasphase is at least10 times lar-
ger than the CO2 flux due to the chemical reaction.

For the description of the other symbols in Equations (3)(6) and
the values assumed in the simulations, the reader is addressed to
the nomenclature list.

dX
dt

¼ ks � S
1� ep

� ð1� XÞ �
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1� w � lnð1� XÞ

q
� ðCCO2 � CCO2 ;eqÞ ð3Þ

ks ¼ ks;0 � exp �Ea

R � TR

� �
ð4Þ

w ¼ 4p � L � ð1� epÞ
S2

ð5Þ

S ¼ S0 � Xmax ð6Þ

L ¼ L0 � Xmax ð7Þ
In addition to the mass balance Eqs. (1) and (2), continuity

Eqs. (8) and (9) relate the gas and solids velocities with the
cross-section surface area occupied by the gas (Ag) and by the
solids (As), while Eq. (10) relates these areas with the total reactor
cross section area and the solid volumetric density es.

_mg ¼ ug � qg � Ag ð8Þ

_ms ¼ us � qs � As ð9Þ

A ¼ Ag þ As ¼ A � ð1� esÞ þ A � es ð10Þ
2.2. Momentum balance

Momentum balance is written for the gas and the solid phases
as shown in Eqs. (11) and (12), following the approach of Rajan
et al. (Rajan et al., 2006). In these equations IG is an index repre-
senting the sign of the gravitational acceleration with respect to
the flow direction and it is equal to +1 in case of upward flow
and �1 in case of downward flow, Ffg and Ffs are the gas-wall
and the solid-wall friction forces and Fgs is the gas-solid drag force
per unit of reactor length.

dð _mg � ugÞ
dx

þ A � dp
dx

¼ �IG � Ag � qg � g � Ffg � Fgs ð11Þ

dð _ms � usÞ
dx

¼ �IG � As � qs � g � Ffs þ Fgs ð12Þ
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Gas-wall friction force Ffg is calculated with Eq. (13), with the
Fanning friction factor f g for smooth circular tubes that is calcu-
lated through Eq. (14) (Drew et al., 1932). In case of the gooseneck
carbonator, an additional localized pressure drop at the 180� bend
at the top of the reactor has been calculated with the Chambers
and Marcus correlation (Eq. (15)) (Chambers and Marcus, 1986).
Solid-wall friction forces are computed for the vertical flow reactor
sections with the Konno-Saito Eq. (16) (Konno and Saito, 1969). For
the calculation of the gas-solid drag force Fgs, Eq. (17) has been
used, where the drag coefficient CD is obtained as a function of
the particle Reynolds number (Eq. (18)) by Eq. (19) (Rhodes, 2008).

Ffg ¼ 2 � f g � qg � u2
g �

Ag

D
ð13Þ

f g ¼ 0:0014þ 0:125
Re0:32

ð14Þ

Dpbend ¼
3 � 1þ _ms

_mg

� �
� qg � u2

g

2
ð15Þ

Ffs ¼ 0:057 � _ms �
ffiffiffiffi
g
D

r
ð16Þ

Fgs ¼
3 � CD � As � qg � A0:65 � ðug � usÞ � jug � usj

4 � Dp � A0:65
g

ð17Þ

Rep ¼
qg � jug � usj � Dp

lg
ð18Þ

CD ¼ 24
Rep

; Rep < 0:3;

CD ¼ 24
Rep

� ð1þ 0:15 � RepÞ0:687; 0:3 < Rep < 500

CD ¼ 0:44; Rep > 500

8>><
>>: ð19Þ

In order to check that pneumatic transport regime is main-
tained throughout the reactor length without flow instability, in
each section of the reactor with upward flow, choking gas velocity
is calculated and compared with the actual one. In fact, if choking
conditions were reached, solid particles would start a backflow
motion and the model equations would not properly represent
the flow field. Choking gas velocity ug;ch and void fraction ech at
choking conditions are calculated with the system of Eqs. (20)
and (21) (Rhodes, 2008) as a function of the solid mass flow rate,
the particle density, the reactor geometry and the particle terminal
velocity (ut).

ug;ch

eg;ch
� ut ¼

_ms=A
qs � ð1� eg;chÞ ð20Þ

q0:77
g ¼ 2250 � D � ðe�4:7

g;ch � 1Þ
ug;ch
eg;ch

� ut

� �2 ð21Þ
2.3. Energy balance

Energy balance is written for the gas and the solid phases as
shown in Eqs. (22) and (23). Changes of total energy of the gas
and solid phases per unit of reactor length are related to the work
per unit length made by the gas on the solids ( _wgs), to the thermal
power transferred from the gas to the solids ( _qgs), from the gas to
the reactor wall ( _qgw) and from the solids to the reactor wall
( _qsw) per unit of reactor length, to the thermal power generated
by the carbonation reaction ( _qr;carb) and to the enthalpy flow asso-
ciated to the reacting CO2 ( _qCO2;carb).
dð _mg � hg þ 0:5 � _mg � u2
g þ IG � _mg � g � xÞ

dx
¼ � _wgs � _qgw � _qgs � _qCO2;carb

ð22Þ

dð _ms �hs þ0:5 � _ms �u2
s þ IG � _ms � g � xÞ

dx
¼ _wgs � _qsw þ _qgs þ _qr;carb þ _qCO2;carb

ð23Þ
In Eqs. (22) and (23), h refers to the sensible enthalpy of gas and

solids (Eq. (24)), where the specific heat capacity is calculated with
4th degree NASA polynomials function of temperature (Gardiner,
1984), regressed against data in (NASA ThermoBuild, 2017; Stull
and Prophet, 1971). The reaction heat term is calculated from the

standard enthalpy of the carbonation reaction (Dh0
r;carb) and from

the solids mass flow rate change, as shown in Eq. (25). As indicated
in the energy balance equation for the solid phase (Eq. (23)), heat
of carbonation reaction is assumed to be released entirely on the
solid phase. The enthalpy flow associated to the reacting CO2,
which is removed from the gas phase and transferred to the solid
phase, is calculated with Equation (26).

h ¼
Z T

298K
cp � dT ð24Þ

_qr;carb ¼ d _ms

dx
� Dh0

r;carb ð25Þ

_qCO2;carb ¼ d _ms

dx
� hCO2 ð26Þ

The work made by the gas on the solids is computed with Equa-
tion (27).

_wgs ¼ us � Fgs ð27Þ
Gas to solids heat transfer is calculated with Eq. (28), where Ns

is the number of solid particles per unit of reactor volume, calcu-
lated with Eq. (29). Only convective heat transfer is considered in
the model to calculate the gas-solid heat transfer coefficient hgs,
which is estimated with empirical Equation (30) (Rajan et al.,
2008), where Fe is the Fedorov number (Eq. (31)).

_qgs ¼ A � Ns � p � D2
p � hgs � ðTg � TsÞ ð28Þ

Ns ¼ 6 � As

A � p � D3
p

ð29Þ

Nugs ¼ 8:2951 � 10�7 � Re5:3365p � _ms

_mg

� ��1:3863

� Fe�5:053 ð30Þ

Fe ¼ Dp �
4 � g � q2

g

3 � l2
g

� qs

qg
� 1

 !" #1=3
ð31Þ

Regarding the thermal power transferred from the gas and the
solid phases to the reactor wall, the particles-to-wall heat transfer
ð _qswÞ is assumed zero due to the very low solid fraction in the reac-
tor, while the thermal power transferred from the gas phase to the
reactor wall ( _qgw) is calculated with Eq. (32), which includes the
enhancement provided by the presence of the solid particles.
Gas-to-wall heat transfer coefficient hgw is computed from Nugw

in Eq. (33), where the first term between brackets from the
Dittus-Boelter correlation is increased by the second term that
includes the ratio of the heat capacities of solids and gas streams
(Pfeffer et al., 1966).

_qgw ¼ A � hgw � ðTg � TwÞ ð32Þ
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Nugw ¼ ð0:023 � Re0:8 � Pr0:3Þ � ð1þ 4 � Re�0:32 � _ms

_mg
� cp;s
cp;g

Þ ð33Þ

Viscosity and thermal conductivity of the gas needed for the
calculation of the heat transfer coefficients, the Reynolds and
Prandtl numbers are taken from (Incropera et al., 2007).

In the proposed modelling approach, thermal power transferred
from the gas-solid mixture to the reactor wall does not include the
contribution of heat transfer by radiation. As quantitatively dis-
cussed further on, the contribution of heat transfer by radiation
from the particles to the wall would be non-negligible if particles
are considered at the bulk temperature. However, as discussed
by (Danziger, 1963) for fluid catalytic cracking risers operating
with solid densities and temperatures relevant for this study, it is
reasonable to expect that particles involved in the heat transfer
by radiation are those flowing in the gas film close to the wall at
temperature significantly lower than the bulk. Therefore, radiation
from the bulk stream is expected to be shielded by the particles in
the film, which radiate the tube wall at lower temperature, and
heat transfer by radiation is considered negligible compared to
heat transfer by convection (Danziger, 1963). In this work, in order
to keep a simple modelling approach and avoid model complexity
not supported by proper experimental data, radiation is not
included in the model. However, the effects of increased heat
transfer coefficients, possibly due to radiation, are discussed
through a sensitivity analysis in the results section.
2.4. Solution of model equations

A forward finite difference method has been implemented in
Matlab (The Mathworks Inc.) to solve the equations along the reac-
tor length.

Mass flow rate, temperature, pressure and composition of the
gas and solid phases at the entrance section are given as input,
together with the reactor cross section. A constant wall tempera-
ture Tw in the case of a water-cooled reactor or an adiabatic oper-
ation mode can be given as boundary conditions for calculating the
gas-to-wall heat flux. In case of a cooled reactor, the assumption of
a constant wall temperature, close to the cooling fluid temperature,
is justified by the much higher heat transfer coefficient expected
for the coolant (evaporating water) compared to the reacting mix-
ture inside the reactor.

The possibility of operating the entrained-flow carbonator with
solid recirculation (i.e. recycling a portion of the solids collected by
the cyclone at carbonator outlet back to the inlet of the reactor) is
Table 1
Assumptions for the simulation of the entrained flow CaL carbonator.

Referenc

Gas flow rate, kg/s 17.06
Nm3/s 12.44

CO2 concentration in the gas, vol% 19.8
Composition of calcined solids, wt% 65.5CaO,

2.7Fe2O3

Solids density, kg/m3 CaO: 166
CaCO3: 2
Other so

Maximum CaO conversion (Xmax) 0.20
Particle size, mm 30
Gas inlet velocity, m/s – gooseneck reactor 15

– downflow reactor 4
Solids from calciner to gas ratio, kg/Nm3 5
Carbonator solids recirculation,% 0
Initial solid velocity, m/s 1
Reactants inlet temperature, �C 600
Reactor wall temperature (cooled carbonator only), �C 300
Calciner outlet temperature, �C 920
implemented. In this case, an iterative calculation is implemented,
where solid composition and flow rate at the inlet section are
updated until convergence is achieved (i.e. 0.1% allowable differ-
ence of solid and gas flow rates at carbonator outlet between
two consecutive iterations).

The main output of the model is the CO2 capture efficiency pro-
file along the reactor. Provided that the carbonation reaction is the
only reaction considered in the model, CO2 capture efficiency is
univocally related to the gas mass flow rate and is calculated with
Eq. (34).

ECO2 ¼ 1� _mCO2

_mCO2;in
¼ _mg;in � _mg

_mCO2;in
ð34Þ
2.5. Sensitivity analysis

A sensitivity analysis has been performed on the entrained-flow
CaL system. Baseline assumptions and the range of variation of
some significant model parameters in the sensitivity analysis are
reported in Table 1. Flow rate and CO2 concentration of the gas
from the rotary kiln to be treated in the carbonator are defined
based on the mass balances of the reference cement kiln defined
in Cemcap (Campanari et al., 2016).

Maximum CaO conversion (Xmax) of 0.2 at the end of the kinetic
controlled conversion period has been assumed as baseline. As pre-
viously discussed, the actual maximum CaO conversion in an
industrial installation is expected to be highly dependent on the
nature of the raw meal and on the calcinations conditions. For this
reason, it is difficult to predict the sorbent capacity with the cur-
rent knowledge and experimental data and a sensitivity analysis
has been performed on this parameter, which is modified in the
0.1–0.3 range.

The assumed gas velocity at the inlet of the carbonator is 15 m/s
and 4 m/s for the gooseneck and the downflow reactors, respec-
tively. When the reactor inlet temperature of 600 �C is considered,
these velocities correspond to a carbonator internal diameter of
1.8 m for the gooseneck reactor and of 3.6 m for the downflow
reactor.

Gas and solid temperature at carbonator inlet is equal to 600 �C
in the baseline conditions. To show the influence of this parameter
on the carbonator performance, cases with a higher inlet tempera-
ture of 650 �C have been also calculated. When a cooled carbonator
is considered, the reactor wall temperature is fixed at 300 �C that is
considered a reasonable temperature for a reactor cooled by the
evaporation of high pressure water.
e value Range in sensitivity analysis

0.2CaCO3, 21.6SiO2, 5.0Al2O3,
, 2.4MgO, 2.6CaSO4

0
710
lids: 1830

0.10–0.30

5–15
0–66.7

600–650
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Finally, to calculate the heat needed in the calciner to sustain
the CaL process, a calciner outlet temperature of 920 �C has been
assumed. Energy consumption in the calciner of the CaL has been
calculated considering the sensible heat needed for heating the
solids from carbonator outlet temperature to the calciner outlet
temperature and the calcination heat of the recarbonated rawmeal
from the carbonator. Heat needed for first heating and first calcina-
tion of the incoming raw meal from the preheater is not included
in this calculation, being independent of the CaL process.

3. Results and discussion

In Fig. 3, the CO2 capture efficiency along the gooseneck carbon-
ator reactor is represented, considering both adiabatic and cooled
reactors and different solid/gas ratio. A solid to gas ratio of around
10 kg/Nm3 (vs. about 1–1.5 kg/Nm3 of conventional preheaters) is
needed in the carbonator to achieve a CO2 capture efficiency of 80%
(i.e. about 90% capture efficiency for the whole cement kiln) with a
reactor length of 120–140 m. Moreover, operating with a cooled
reactor allows achieving higher capture efficiencies, especially
when 4 parallel cooled reactors with reduced cross-section are
used to increase the reactor surface/volume ratio. Quantitatively,
reactor cooling allows to increase the capture efficiency by about
6–8% points in case of 4 parallel reactors and by about 5–6% points
in case of single cooled reactor, compared to the adiabatic reactor
case.

The CO2 capture enhancement achievable with a cooled reactor
depends on the heat transfer coefficient, which is calculated to
range from 19 to 21 W/m2K with solid loading of 5 kg/Nm3, to
22–24 W/m2K with solid loading of 10 kg/Nm3 and 26–28W/m2K
with solid loading of 15 kg/Nm3. As discussed in Section 2.3, the
calculated heat transfer coefficient is somewhat underestimated
by the model because heat transfer by radiation is neglected. If
radiation from particles at 650 �C (indicative average bulk temper-
ature along the reactor) to the wall at 300 �C both with emissivity
of 0.85 is considered, equivalent heat transfer coefficient of about
75 W/m2K can be calculated (i.e. roughly 3 times the estimated
convective heat transfer coefficient). However, as discussed in Sec-
tion 2.3, the actual heat transfer by radiation is expected to be
much lower than this theoretical maximum, because of the shield
effect of the colder particles flowing in the gas film next to the
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Fig. 3. CO2 capture efficiency vs. reactor length, for adiabatic and cooled reactor and d
reactor wall. Because of the uncertainty related to this phe-
nomenon, a sensitivity analysis has been performed on the value
of the heat transfer coefficient for the single cooled reactor case
with solid loading of 10 kg/Nm3. For this case, if heat transfer coef-
ficient is doubled (i.e. adding about 1/3 of the theoretical maxi-
mum heat flux by radiation and achieving overall heat transfer
coefficient of 52–55 W/m2K) CO2 capture efficiency would rise
from 83.8% to 87.2%, roughly reproducing the CO2 capture effi-
ciency vs. length curve obtained for the case with 4 parallel cooled
reactors. If heat transfer coefficient is increased by a factor 4
(i.e. roughly adding the theoretical maximum heat flux by radia-
tion and achieving overall heat transfer coefficient of 105–110
W/m2K) CO2 capture efficiency would achieve 88.4%.

In all the cases, even accounting for the uncertainty related to
the heat transfer, it is believed that the improvement of the capture
efficiency achievable with cooled carbonator does not justify the
increased cost associated to a waterwall cooled reactor. Therefore
adiabatic reactors are expected to be preferable from the techno-
economic point of view.

In Fig. 4 temperature profiles of the cases shown in Fig. 3 are
plotted as function of CO2 capture efficiency (a) and reactor length
(b). Monotonic temperature increase along the reactor length is
observed for the adiabatic reactors. A virtually linear trend results
in the temperature vs. CO2 capture efficiency chart, since temper-
ature increase is proportional to the carbonation reaction heat
(non-visible non-linearity is only due to the dependency of the
reaction heat and of the specific heat capacity on the temperature).
A higher slope is obtained for the case with low solid/gas ratio
because of the lower thermal inertia resulting from the lower
solids flow rate. In case of cooled reactors, temperature curves
show a non-monotonic trend, with a maximum obtained when
the heat generated by the carbonation reaction is balanced by
the heat exchanged with the reactor walls. This maximum temper-
ature is achieved at lower CO2 capture efficiencies in case of 4 par-
allel reactor because of the higher heat flux to the reactor walls. In
the case with 4 parallel reactors, the lowest solid to gas ratio also
shows the lowest temperature, differently from the adiabatic and
the single cooled reactor cases. This is also due to the higher heat
flux to the reactor walls, which balances the low heat generated
by the carbonation reaction when there is a low amount of sorbent
in the reactor, slowing down the carbonation reaction rate.
80 100 120 140
r length, m

t/Nm3
gas

ent/Nm3
gas

ifferent solid/gas ratio (Xmax = 20%, inlet temperature = 600 �C, no solids recycle).
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Interpretation of temperature profiles in the temperature-
reactor length chart of Fig. 4b is less straightforward. In general,
it can be observed that with the assumed sorbent conversion
Xmax of 0.2, a temperature increase of 80–100 �C can be expected
in an adiabatic reactor with high capture efficiency. With 4 cooled
reactors, temperature is relatively stable, showing a maximum
temperature increase of about 30 �C along the reactor.

In Fig. 5, CaO conversion is reported as function of the reactor
length for the same cases previously discussed. It can be observed
that CaO conversion at reactor outlet is always far from the maxi-
mum conversion of 0.2. This indicates that in such conditions, CO2

capture efficiency is not limited by sorbent capacity. Therefore, a
higher sorbent utilization can be obtained by recirculating a frac-
tion of the solids from the carbonator outlet back to the reactor
inlet, increasing in this way their residence time and so their
conversion.

Extended overall results of the CaL simulations are summarized
in Table 2. Cases 1–9 correspond to cases without carbonator solids
recirculation presented in the previous figures. Additional indica-
tors are reported in this table, such as the specific solid flow at car-
bonator outlet (Gs), the carbonation reaction heat ( _Qcarb) and the
heat transferred to reactor walls ( _Qw). In the last line, the specific
heat required in the calciner for sorbent regeneration per kg of cap-
tured CO2 (Qcalc) is reported, which accounts for the heat needed
for heating the carbonated solids up to the calciner temperature
and for their calcination. It can be noted that higher specific heat
consumptions are obtained compared to conventional fluidized
bed CaL process for power plants or for cement plants with tail-
end configuration (De Lena et al., 2017; Martínez et al., 2016),
because raw meal is used in this process instead of high purity
limestone, which requires additional heat for heating of the raw
meal compounds other than CaO and CaCO3, which do not partic-
ipate in the CO2 capture reaction.

From the results of cases 1–9 in Table 2, it is clear that regard-
less of the type of reactor, the higher the solids to gas ratio, the
higher the specific heat demand in the calciner, since the
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conversion reached by the sorbent in the carbonator is reduced and
there is a larger amount of inert solids circulating between the CaL
reactors per kg of CO2 captured. To keep a proper solid loading in
the carbonator without increasing the solid flow from the calciner
to the carbonator, carbonator solids recirculation can be adopted.

Fig. 6 shows the results obtained when Xmax is equal to 0.20,
solids circulation from calciner to carbonator is maintained at 5
kg/Nm3 (or FCa=FCO2 of 6.6) and solid loading at carbonator inlet
is increased up to about 10 and 15 kg/Nm3 by recycling 1/2 and
2/3 of the solids at carbonator outlet. Temperature at carbonator
inlet is kept at 600 �C, assuming that the recirculated solids are
cooled from the carbonator outlet temperature to such inlet tem-
perature. Overall results of the cases with adiabatic reactor are
reported in Table 2 as cases 10–11. CO2 capture efficiencies of
75.9 and 82.5% are obtained with solids recycle rate of 50 and
67% respectively, which are slightly lower than the values of CO2

capture efficiency achieved in the cases without solids recircula-
tion but similar solid loading at the reactor inlet (i.e. cases 2 and
3 in Table 2). The presence of carbonated particles at carbonator
inlet in the cases with internal solid recycle, which results in a
lower amount of active CaO able to react with the CO2, is the rea-
son of this result. Moreover, it can be noted that specific heat for
sorbent regeneration is significantly reduced by 32–47% for these
cases with internal recycle compared to cases without recycle
but the same solid loading at reactor inlet and comparable CO2

capture efficiency, since the specific solid circulation between car-
bonator and calciner reactors is greatly reduced. As with the cases
without solid internal recycle discussed before, the effect of water-
wall cooled reactor has been analyzed, as shown in Fig. 6. Consis-
tently with the previous results, the higher heat flux to the
reactor walls in this case reduces the temperature along the car-
bonator, which makes the carbonation kinetics faster thanks to
the higher driving force (i.e. lower CCO2 ;eq) and therefore increase
the CO2 capture efficiency.

In Fig. 7a and c, the distribution and conversion of the Ca-based
solid population in the reactor for the cases with 50% and 66.7%
recirculation ratio is shown. About 2.5 passages in the 50% recircu-
lation case and a bit more than 3 passages for the 66.7% recircula-
tion case are needed to convert completely the CaO to the
maximum conversion of 0.2. In the 50% recirculation case, particles
in the carbonator having experienced less than 3 cycles, corre-
sponding to accumulated residence times of 9.7 and 19.4 s, remain
active until the reactor exit (Fig. 7a). These particles represent the
89.4% of the total Ca-based particles. In Fig. 7b, the evolution of the
single Ca particle conversion along the total reactor length is
reported, showing that a total length of about 350 m (i.e. 2 pas-
sages + 70 m), corresponding to a total residence time of 24.2 s, is
needed with the assumed conditions to fully convert the CaO par-
ticle to Xmax = 20%. Similarly, for the 66.7% recirculation case
(Fig. 7c), particles experiencing 1, 2 and 3 cycles, corresponding
to accumulated residence times of 10.2, 20.4 and 30.6 s, remain
active until the reactor exit. These active particles represent the
82.7% of the total Ca-based particles entering into the carbonator.
In Fig. 7d, the evolution of the single Ca particle conversion along
the total reactor length is reported, showing that a total length of
about 440 m (i.e. 3 passages + 20 m) is needed with the assumed
conditions to fully convert the CaO particle to Xmax = 20%.

In Fig. 8, the effect of sorbent capacity Xmax on the CO2 capture
efficiency curve along the reactor length is shown for the adiabatic
carbonator with 50% and 66.7% of solid recirculation. The impact
of sorbent capacity is significant. If sorbent capacity is reduced
to 10%, CO2 capture efficiency of only 55% would be achieved in
a 140 m reactor and 66.7% of solid recycle. On the other hand, if
sorbent capacity is increased to 30%, 80% capture efficiency would
be more easily achieved with a reactor length between 60 and
100 m, depending on the solid loading. The increase of the CO2

capture efficiency achieved in a 140 m long reactor with respect
to the cases with Xmax = 20% is 5–7%-points. From Fig. 8, it is evi-
dent that the benefit of high sorbent capacity tends to reduce as
the reactor length increases (above roughly 60–80 m). This is
due to the higher temperature reached within the reactor when
CO2 capture efficiency increases, and so the heat released from
the carbonation reaction is higher, which leads to the consequent
reduction of the carbonation reaction driving force (i.e. higher
CCO2 ;eq).

As highlighted in Table 2 (cases 12–14), the higher sorbent
capacity is also beneficial for the specific heat demand in the cal-
ciner. When sorbent capacity is increased to 30% (cases 13–14),
sorbent regeneration heat reduces by about 5% compared to the
corresponding cases with 20% capacity (cases 10–11) due to both
the higher carbonation degree and the higher temperature reached
by the carbonated solids sent back to the calciner. Both these
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effects reduce the sensible heat required for solid heating in the
calciner per unit of CO2 captured.

The effect of carbonator inlet temperature can be discussed by
considering case 15 in Table 2, where carbonator inlet temperature
is increased from 600 to 650 �C. Compared to the corresponding
case with the same sorbent capacity and recycle rate but 600 �C
at the carbonator inlet (i.e. case 11), CO2 capture efficiency reduces
by 8.2% points, due to the thermodynamic limitation imposed by
the higher temperature in the reactor. When solids are fed hotter
in the carbonator, the temperature at which carbonation kinetics
is slowed down because of the approach to chemical equilibrium
is reached earlier than in the case with a lower inlet temperature.
As a result, for a given reactor length, the CO2 capture efficiency is
reduced. Such result evidences the importance of keeping a suffi-
ciently low temperature at the inlet of the adiabatic carbonator
(which involves also the cooling of the recirculated solids) to
enhance the driving force of the reaction along the reactor.

The possibility of having an adiabatic downflowcarbonator reac-
tor has been also assessed. Cases 16–18 in Table 2 refer to the calcu-
lations of this downflow reactor with Xmax of 0.2 and different
fractions of recirculated solids, with a total reactor length of 60 m
and a gas inlet velocity of 4 m/s. Thanks to the increased solids resi-
dence time of such reactor configuration, in the cases with solids
recirculation (17–18), CO2 capture efficiency can be increased by
about4–4.5%points compared to thecorrespondinggooseneck reac-
tor cases10and11. Fig. 9 shows theevolutionof theCO2 captureeffi-
ciency along the reactor length for these cases. As previously
observed for the cases with high sorbent capacity, the CO2 capture
efficiency evolves asymptotically to its maximum at the end of the
reactor lengthof 60 mdue to the temperature increase and therefore
to the approach to equilibrium.Therefore, the achievement of higher
CO2 capture efficiencies with longer adiabatic downflow reactors
results to be limited by thermodynamics.

As for the stability of the flow in the carbonator, in Fig. 10 the
minimum gas velocity calculated along the single gooseneck car-
bonator for different cases (dots) is compared with the choking
gas velocity calculated with Eqs. (20) and (21) (lines). Three groups
of cases are shown, which correspond to solid to gas ratio inside the
reactor of about 5, 10 and 15 kgs/kgg (i.e. those placed in the left,
middle and right-hand sides, respectively). Black continuous line
(i.e. that for a diameter of 1.85 m) corresponds to the choking veloc-
ity for the gooseneck reactor cases. Cases with solid loading around
5 kgs/kgg lie well above their choking line and can be therefore
operated with no expected choking problem. Cases with solid load-
ing around 10 kgs/kgg lie in proximity of the choking line with 20%
safetymargin, i.e. actual velocity is about 20% higher than the chok-
ing velocity, which has been considered a reasonable margin for
ensuring dilute solid transport conditions in the reactor (Rhodes,
2008). Cases with solid loading around 15 kgs/kgg lie very close to
the choking line, below the safety margin of 20% and a more com-
plex high-density fluid-dynamic regime is more likely to be estab-
lished in the rector under such conditions.

4. Conclusions

In this work, the 1D entrained flow carbonator model of a highly
integrated Calcium looping process for cement plants has been
presented and used to assess the effects of the main process
parameters on the carbonator CO2 capture efficiency and specific
heat demand in the calciner. Based on the results obtained, the fol-
lowing main conclusions can be drawn:

� High CO2 capture efficiencies (>80%) can be obtained in a
gooseneck-type entrained-flow carbonator with a length
compatible with industrial applications in cement kilns (�80
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to 140 m). Such high CO2 capture efficiencies can be obtained by
a proper combination of sorbent capacity Xmax and solid to gas
ratio, which are the most influencing process parameters for
the carbonator performance. With solid-to-gas ratio in the car-
bonator of �10 kg/Nm3 and sorbent carbonation capacity of
�20%, a length of �120 to 140 m is required to achieve a
carbonator CO2 capture efficiency of about 80%.

� The recirculation of part of the carbonated solids at carbonator
outlet back to the inlet allows increasing the solid to gas ratio in
the reactor and results in similar CO2 capture efficiency as if
such solid to gas ratio were achieved by increasing the solid
l

circulation rate from the calciner. From an energy efficiency
point of view, carbonator solids recirculation is preferable with
respect to the increase of calcined solids circulation because it
reduces the heat demand in the calciner per kg of CO2 captured
thanks to the increased CaO carbonation degree of the carbon-
ated solids.

� By adopting a waterwall cooled carbonator, it is possible to
improve the CO2 capture efficiency by keeping a lower reactor
temperature and therefore a higher driving force for the carbon-
ation reaction. Considering the low surface to volume ratio of a
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full-scale industrial carbonator, cooling may be boosted by
adopting several cooled parallel reactors (cases with up to 4
cooled parallel reactors have been assessed). The convenience
of cooled vs. adiabatic carbonator should be evaluated by eco-
nomic analysis. Given the modest increase of CO2 capture effi-
ciency (6–8% points in a 140 m long carbonator) even with 4
cooled parallel reactors compared to an adiabatic carbonator,
from authors’ sensibility it is likely that a simpler and cheaper
adiabatic carbonator will be preferable over multiple cooled
reactors.

� Temperature of the solids-gas mixture at carbonator inlet is
another parameter that significantly affects the CO2 capture
efficiency of an adiabatic carbonator. It is therefore important
to foresee a proper cooling of the solids both from the calciner
and recirculated from the carbonator outlet to achieve an aver-
age reactants temperature of about 600 �C at the carbonator
inlet.

� Downflow reactor may also be adopted as carbonator instead of
a gooseneck type reactor. The downflow design allows reducing
the gas velocity because solids lifting is not needed and there-
fore achieving higher solids residence time with lower carbon-
ator length.

� Further experimental tests under realistic calcination condi-
tions are needed to estimate the effect of calcination tempera-
ture and residence time and of raw meal properties on the
sorbent capacity and to define calcination conditions which
allow maintaining a high capacity of CaO as CO2 sorbent. More-
over, research on the fluid-dynamics of the carbonator is also
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needed to validate (and improve, if needed) the fluid-dynamic
model, to verify the flow stability in the gooseneck carbonator
and the even solids distribution in the downflow carbonator
under solid/gas ratio significantly higher than in risers of con-
ventional cement kilns.
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